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Abstract

The performance of a silicon carbide foam supported palladium catalyst (Pd/p-SiC) in a reverse
flow reactor for the abatement of methane in diluted streams (2700-5400 ppm) has been
studied in this article. The limits of stable operation for this configuration have been
experimentally established, being narrower than the corresponding to particulated and
honeycomb monolith beds because of the lower thermal inertial of foamed beds. A
heterogeneous one-dimensional model has been developed (including the use of specific
correlations for mass transfer and dispersive terms) and experimentally validated for

predicting the behavior of these reactors.

Finally, the numerical model has been used for simulating reverse-flow reactors equipped with
different catalyst shapes (e.g. Raschig rings, honeycomb monoliths and foams) of equivalent
geometry. Results for different superficial velocities (0.25-1.5 m/s) are compared in terms of
transport properties and performance, concluding that honeycomb monolithic beds are the

most appropriate configuration for these devices.

Keywords: cellular foam; silicon carbide; afterburner; lean fuel; dynamic modelling; methane

catalytic combustion; reverse flow reactors.



1. Introduction

Reverse-flow catalytic combustors consist of a catalytic fixed bed, where the feed flow
direction is periodically reversed. This device is very appropriate for the combustion of lean
hydrocarbon/air mixtures because, if operated adequately, most of the heat released by the
reaction during one cycle is stored in the solid bed and used to pre-heat the feed in the
following cycle. The high thermal efficiency attained allows working at autothermal conditions

even for feeds at low temperature with very low hydrocarbon concentration [1, 2].

Reverse-flow catalytic combustors have been applied to the complete oxidation of
hydrocarbon pollutants at very low concentrations (100-3000 ppm) [2, 3]. Methane is
considered the hydrocarbon most difficult to oxidize, requiring the highest temperature, even
in presence of catalysts. For this reason, in this work, methane has been chosen as model
compound to test the performance of the catalytic reverse-flow technology. In addition,
methane emissions, mainly originated in landfills, coal mining, and natural gas extraction and
distribution, constitute an important environmental problem. Methane is a greenhouse gas
more than twenty times more powerful than carbon dioxide, so its oxidation to carbon dioxide
reduces greatly the net greenhouse gas emissions and contributes to mitigate the global

warming [4, 5].

The selection of the type of bed is of great importance in the design of reverse-flow catalytic
reactors. Beds formed by random particles lead to important pressure drops, which is not
practical when the gas flow rate is high. On the contrary, structured beds (e.g. honeycomb
monoliths or foams) exhibit very low pressure drops, and for this reason the interest of this
type of bed has raised in the last years. However, the operation with these configurations is

problematic because of their poorer mass transfer and their lower thermal inertial.



Cellular foams consist of a reticulated 3D structure with high porosity and surface area,
typically made of ceramic (alumina, silicon carbide, cordierite, etc.) or metallic materials
(copper, aluminium, etc.). Cellular foams are used in high performance heat exchangers,
energy absorbers, thermal insulators, high temperature filters for molten metals, gas filters,
etc. [6, 7]. Recently, cellular foams have been proposed as structured catalyst supports, as they
can improve heat and mass transfer with respect to more conventional structured supports,
such as honeycomb monoliths. Thus, the intricate pore network of the foam creates
turbulence in the fluid that continually breaks the hydrodynamic boundary layer, resulting in
higher mass and heat transfer coefficients than for honeycomb monolith supports, where the
flow pattern is usually laminar. Foam supports share with honeycomb monoliths the low
pressure drop and high bed porosity, which allow reactor operation at very high superficial

velocities (high flow rates) [5, 8].

Silicon carbide foams crystallized as the cubic structure (B-SiC) are especially suiteable as
catalyst supports for high temperature and exothermic reactions. This material presents high
thermal and chemical resistance, thermal conductivity, thermal shock resistance, and
mechanical strength, as studied by different authors [9, 10]. These properties can lead to
important improvements with respect to conventional supports used in catalytic combustion,
and particularly reverse-flow reactors, where the movement of the high temperature plateau
along the reactor requires a bed material with high thermal shock resistance. Although the
surface area of B-SiC (15-25 m?/g) is far lower than for other supports such as alumina (220
m?/g) or silica (200 m?/g), it is similar to that of other high thermal resistance supports, e.g.
zirconia (15-30 m?/g) and much larger than that of o.-SiC foams (1 m?/g) [11]. This means that
[-SiC foams can be used directly as catalyst support without the need of a washcoating with
high specific surface area. This reduces considerably the complexity of the catalyst

manufacture and hence the cost of the catalyst [12].



The complexity of the foam reticulated structure makes the correlation of the transport
properties more difficult than for other structured materials (e.g. honeycomb monoliths,
wires, etc.), as pointed out in the few works published on this topic in the last years. Pressure
drop has been deeply studied in previous works, as reviewed by Edouard at al. [13]. Mass and
heat transfer have also been studied by different authors under a wide range of operating
conditions [6, 14-17]. The works regarding reaction studies are scarcer, and mainly focused on

catalytic oxidations [18-20] and porous media burners [21, 22].

Reverse-flow reactors equipped with random particle beds have been the most studied [1, 2,
23, 24], followed by honeycomb monolith bed [8, 25, 26], while very little attention has been
paid to foam beds. The present work aims to fill this gap, by studying experimentally the
performance of foam beds in reverse-flow reactors for the catalytic combustion of very lean
methane/air mixtures using a Pd/B-SiC foam catalyst, prepared and tested as methane

combustion catalyst in a previous work [27].

The aim of this work is to investigate the viability of foam beds as catalyst supports in reverse
flow reactors. First, experiments were carried out in a bench-scale reverse-flow reactor varying
the the most important operating variables (methane inlet concentration, switching time and
gas flow rate), so that to study their influence in the long-term stability of the reactor.
Secondly, the experiments are used to validate a mathematical model for reverse-flow
reactors with correlations especially suited for foam beds. Finally, the model is used to
compare the performance of random particle, honeycomb monolith and ceramic foam beds.
The comparison is carried out for catalytic beds with the same Pd loading, washcoating
thickness and specific surface area. For each bed type, an industrial-scale reverse-flow reactor
is designed to achieve 99% methane conversion. Then, the performance of the designs is
compare in terms of reactor size, pressure drop, reactor temperature and related to geometric

and transport properties.



2. Methodology

2.1. Catalyst preparation

The foam support consists of B-SiC foam cylindrical blocks, supplied by SICAT. This material
presents medium specific surface area (25 m?/g), making unnecessary the addition of a porous
washcoat layer. Palladium was selected as active phase for the catalyst, since it is widely
accepted that is the most active metal for methane combustion [28]. Pd was introduced on the
[-SiC support by dry impregnation (incipient wetness) with a 0.62 mol/L Pd(NO;), aqueous
solution, followed by drying (1109C, overnight), and calcination (5502C, 2h). The resulting
catalyst has a Pd loading of 2% (w/w). In a former work [27], this catalyst was prepared and
tested for methane combustion, ground to small particles, in a laboratory-scale reactor. It was
concluded that this catalyst was stable upon time at reaction conditions, and different intrinsic

kinetic models were fitted to the experimental results.

2.2. Catalyst characterization

The foam catalyst has been characterized using different techniques. The foam geometry was
measured directly using the images from a stereomicroscope (Stemi 2000, ZEISS). As indicated
in Figure 1, the basic geometrical properties of foams are: cell size (¢), pore size (a) and strut
thickness (ds). Using these basic geometries, and a suitable cell model [29], other geometrical
foam properties, such as cell density (ppi), porosity (&,) or specific external surface area (S,),
can be derived. The values shown in Table 1 are the average measured for 12 different cells of

the foam.

Textural characteristics (specific internal surface area and pore volume) were measured by
nitrogen adsorption at 77 K in a Micromeritics ASAP 2020 surface area analyzer. The pore size

distribution obtained is mono-modal, corresponding to a large-pore mesoporous structure
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(Table 1). Further details on the preparation, characterization, and stability at reaction

conditions of the Pd/P-SiC catalyst can be found in [27].

2.3. Experimental device

The bench-scale reverse-flow reactor used in the present work consists of a 0.8 m long 0.05 m
internal diameter 316 stainless steel tube. This tube houses three foam beds: one catalytic
(0.25 m long) situated in the middle, and two inert (0.125 m long each) situated at both ends.
The beds are surrounded by a glass wool layer, in order to avoid gas bypass near the reactor
wall. The temperature of the bed is measured in 7 points along the reactor axis using a
multipoint thermocouple array. The flow reversal is accomplished by using two pairs of
solenoid valves (Parker-Lucifer 121K46E), acting on the reactor inlet and outlet streams.
Reactor feed, consisting of methane-air mixture with different methane concentrations, is set
using two mass flowmeters (Bronkhorst F201C). The analysis of methane concentration at the
inlet and outlet streams is performed continuously (each 5 seconds) using an infrared

spectrometer (ABB- PIR3502).

The reactor tube is surrounded by an oven, equipped with a dynamic temperature-control
system able of compensating the heat transfer through the reactor tube, and hence allowing a
reactor operation close to adiabatic. The working principle has been explained in more detail
and the behavior of this unit demonstrated in previous works [23, 30]. The near-adiabatic
operation of this unit is very difficult to accomplish for bench-scale and smaller units, with high
external surface/volume ratio, and it resembles the behavior of industrial-scale reverse-flow
reactors, usually of large diameter and hence with low external surface/volume ratio, which

tend to be intrinsically adiabatic.



The following protocol has been followed for each test. First, the reactor was fed with hot air
(4002C) in order to pre-heat the beds above the ignition temperature of the air-methane
mixture. Then, the selectedmethane/air mixture was fed to the reactor at room temperature
(202C) and the flow reversal was started. If the cycle time (the time elapsed between two
consecutive valve switches) is low enough, the heat of combustion trapped in the reactor bed
during one cycle is enough to pre-heat the cold feed in the following cycle and the reactor is
self-sustained (autothermal behaviour). In this situation, a pseudo-steady state will be
achieved after a few cycles, in which the evolution of temperature and concentration profiles
is exactly repeated in all the consecutive cycles. Otherwise, the temperature of the reactor

decreases gradually cycle after cycle, and finally the reactor extinction takes place.

2.4. Reactor model

Many different types of models have been proposed to relate operating and design variables
in reverse-flow reactors, the most popular being those that predict directly the evolution of
the reactor temperature and concentration profiles at unsteady state [31]. These models,
though are the most complex, can provide accurate predictions of the reactor performance,

and for this reason are selected in the present work.

The foam fixed-bed has been modelled using a continuous heterogeneous model. This type of
model, unlike pseudo-homogeneous models, accounts explicitly for the gas and solid phases,
but does not consider the exact shape of both phases, as in Computational Fluid Dynamic
(CFD) models. Continuous heterogeneous models are easier to solve than CFD models, and for
this reason are widely used for the simulation of fixed-bed reactors. Our model considers the

reactor as adiabatic (as large commercial reactors and our experimental unit), so no radial



gradients are present, and it is only necessary to consider one space dimension: the axial

coordinate.

The following set of partial differential equations corresponds to the resulting heterogeneous
1D dynamic model. The equations are conservation equations, eq. (1), applied separately to

the gas and solid phases. The meaning of the symbols is indicated in the list of symbols.
(Accumulation) = (Convection) + (Dispersion) + (Interphase transfer) + (Reaction) (1)

Mass balance to the gas phase:
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Mass balance to the solid phase:
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Energy balance to the gas phase:
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Energy balance to the solid phase:
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The physical and transport properties of the gas and solid phase appearing in eq. (2) to (5)
must be determined. Transport properties are tightly linked to the type of bed (random
particles, honeycomb monolith or foam), and they must be estimated using appropriate
correlations. Beds formed by random particles and honeycomb monoliths have been deeply
studied, and there are many correlations for them available in the literature [8, 32]. On the
contrary, foams have been proposed as catalyst supports very recently, so the number of
works regarding transport properties is much lower, and currently there is a lack of generalized
accepted correlations, valid for foams of different materials, geometries and sizes. In this work,
we collected correlations from the literature, and then selected the one that best matches to

our foam (type and geometry).

Gas to solid mass and heat transport coefficients have been estimated using the correlation
proposed by Groppi et al. [33], Table 2, who studied metallic and ceramic foams of different
sizes (5-15 ppi) at a wide range of operating conditions (Ren.x = 15-200). They correlated the
transport properties using the Reynolds number evaluated at the maximum interstitial velocity

(Vmax), Which can be calculated by:
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Another important bed property is the axial dispersion. In foam beds the gas flow is forced
through an intricate pore network, which continually breaks the hydrodynamic boundary layer,
favouring gas to solid mass and heat transfer, but also axial dispersion. For this reason, and
depending on the operating conditions (e.g. superficial velocity), deviations from ideal plug
flow are expected, that are characterized by the dispersion terms in eq. (2) to (5). Heat axial
dispersion coefficient has been recently measured and correlated by Dietrich et al. [34], Table

2, for 3 ceramic foams with sizes 10-45 ppi. Mass axial dispersion coefficient has been



calculated using the Chilton-Colburn analogy between heat and mass transfer, as shown in

Table 2.

Pressure drop in the reactor can be evaluated solving the mechanical energy balance, eq. (7),
where the friction factor (f) depends on the type of bed. In the last years, several works have
been published proposing correlations to determine pressure drops or friction factors as a
function of foam geometry, as summarized by Edouard et al. [13]. Here, the expression
proposed by Lacroix et al. [7] has been used, as indicated in Table 2.

o _ (a)’f
az zdpG r pz=0 pﬂ (3)

Regarding the reaction terms of eq. (2) to (5), homogenous reaction in the gas phase has been
neglected, because thermal methane oxidation requires a much higher temperature than the
catalytic one. The kinetics of the heterogeneous reaction with the Pd/B-SiC catalyst was
studied in a laboratory isothermal fixed-bed reactor filled with the catalyst grinded to 300 um
particle size, so that the influence of mass and heat transport processes was negligible, as

reported in [27]. The experimental results were fitted to first-order kinetics, (?}) =k.,.p;,
m

with the kinetic constant depending on the temperature according to the Arrhenius equation,

km = koexp(—E,/R,T). The value of the kinetic parameters is shown in Table 1.

The influence of mass transfer inside the pores of the solid foam has been accounted for using
the effectiveness factor and Thiele modulus for first-order kinetics at rectangular coordinates,

eqgs. (8) and (9).

¢, (4)
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It should be noted that, in most structured catalysts, reaction takes place only in a thin layer of
the porous washcoating, and for this reason the kinetic constant obtained for the grinded
catalyst, when used for structured catalysts, must be divided by the volume fraction of
washcoating (fuw) [8]. In the present work, as our catalyst is a porous PB-SiC foam without
washcoating, and all the support has been impregnated with active phase, fy in eq. (9) equals
1. For the same reason, the characteristic length for internal transport (L,) of the foam has
been taken as half the strut diameter. The effective pore diffusion coefficient (D,) has been
determined considering molecular and Knudsen mechanisms [27], and using the textural

properties in Table 1.

The resolution of the set of partial differential equations (2) to (5) requires appropriate initial
and boundary conditions. As shown in eq. (10) to (14), Danckwerts boundary conditions have
been used to account for the dispersion at the reactor inlet. The switch of the feed direction is

modeled by shifting the boundary conditions at both sides of the reactor.

Initial conditions:

Ve li=o = ¥sle=0 = 0, Teli=o = Tsli=0 = Ton (10)
Boundary conditions:
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11
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The set of partial differential equations, together with the algebraic equations that provide the
transport and reaction properties, has been solved by means of the ‘method of lines’. This
method, proved to be accurate in previous works [8, 32], consists of approximating the space
derivatives by finite differences obtained from Taylor polynomials. All the calculations have
been carried out using a code written in MATLAB software. The resulting set of ordinary
differential equations (with only one independent variable: time) is solved using the MATLAB

function odel5s, especially suited to handle stiff problems.

3. Results and discussion

3.1. Experimental study

The main purpose of the experimental study is to determine at which conditions stable
reverse-flow operation is possible when using a ceramic foam bed. The experiments have been
planned varying the most important operating variables affecting the stability of the reactor:
methane inlet concentration (measured in terms of adiabatic temperature rise, 50-1509C,

equivalent to 1800 to 5420 ppm), switching time (50-900 s) and total gas flow rate (15-30
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L/min n.t.p.). Experiments have been carried out in the adiabatic bench-scale unit described in

the methodology section.

Figure 2 shows pseudo-steady state temperature and concentration profiles for two
experiments, operated at 15 L/min (n.t.p.), feed with AT,4 = 1502C (5420 ppm methane), and
300 s (Figure 2a) and 600 s (Figure 2b) switching time. The temperature profiles exhibit a
parabolic shape, characteristic of reverse-flow reactors, with a high temperature plateau in the
middle of the reactor. As this plateau migrates from one side of the bed to the other, the
reaction front also moves. It can be observed that switching time has a marked influence in the
shape of the temperature profile, the temperature plateau being narrower and moving within
a broader range for high switching time. Thus, a higher portion of the bed, and in particular of
the zone containing catalyst, cools down, which results in a more pronounced displacement (to
the right in this case) of the reaction front in the catalytic bed. The effect of switching time can
be also observed in Figure 3a, which shows temperature profiles obtained at the end of the
direct half-cycle for AT,y 752C. On increasing the switching time, the heat stored in the bed,
and hence the temperature plateau, decreases. This results in a reactor closer to extinction for
switching time 200 s. Figure 3b shows the effect methane feed concentration (AT,4 100, 120
and 1509C). Increasing feed methane concentration increases the heat released in the
reaction, and hence the heat stored in the reactor between cycles, producing a higher plateau

temperature.

Figure 4 and Figure 5 present experimental results obtained at the following conditions: feed
flow rate 15 L/min (n.t.p.), switching time 300 s, and methane concentration corresponding to
1002C and 1509C adiabatic temperature rise. These two sets of conditions result in stable (AT.q
=1502C) and un-stable (AT,4=1002C) reactor operation. Figure 4 depicts temperature measured
at different bed positions as a function of time (given the symmetry of the profiles, only one

half of the reactor is represented). Graphs corresponding to AT,4;=1002C show a decrease in
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the temperature measured by all the thermocouples along the bed, because at these
conditions the heat stored in the reactor between cycles is not enough to maintain
autothermal operation of the reactor. The outlet methane concentration in this experiment,
(Figure 5), is very low (high methane conversion) at the beginning of the experiment (before
25 min), but it starts increasing (conversion decreases) when the temperature in the middle of
the reactor lowers close to the ignition temperature. For running time long enough, the
reactor temperature will fall below the ignition temperature, and the reactor will extinguish.
For the experiment carried out at AT,;=150°C the bed temperature does not decrease
continuously, but it evolves until reaching the pseudo-steady state, and outlet methane
conversion keeps close to total conversion, because the regenerative heat storage between

cycles maintains the long-term reactor stability.

These results indicate that the reactor stability decreases as switching time increases and
methane concentration decreases, results qualitatively similar to that for reverse-flow reactors
equipped with other types of beds [3, 8]. Results also demonstrate that working in adequate
conditions, foam beds can be used as regenerative heat storage, as both temperature and

reaction fronts can be maintained within the bed boundaries.

3.2. Model validation

In this section, the reverse-flow reactor experiments are used to validate the model presented
in section 2.4. The validation has been carried out by direct comparison between simulation
and experimental results, in terms of temperature and methane concentration. No model

parameters have been adjusted in order to fit the experimental data.

The validation has been done using all the experiments; Figures 2 to 5 shows the results most

representative. Temperature profiles in Figure 2 show that simulations match the
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experimental data, the largest deviations being observed at the end of the cycle in the inert
bed situated at the left end. This discrepancy can be explained by the working of our
experimental device: during the direct cycle (gas flowing from the left to the right), the
temperature of the left bed decreases gradually, and the oven that surrounds the reactor tube,
responsible of the adiabatic behaviour, must cold down to match the temperature inside the
reactor. The oven happens to be slower for cooling down that for heating, and is not able of
cooling down as fast as the bed, and as a result, the oven does not behave completely

adiabatically, but some heat is transferred from the oven to the reactor.

Temperature profiles such as the ones depicted in Figure 4 have shown to be especially useful
to evaluate the performance of simulation models [3, 8]. It can be observed that the model
predicts the temperature evolution very well; the mayor discrepancies appearing at the end of
every cycle, when the model slightly underestimates temperatures. However, discrepancies

are within the error associated to the experimental device.

Experimental and simulated outlet methane concentrations are compared in Figure 5. The
model matches the experimental data, even for the un-stable experiment. Experimental data
exhibit a peak in methane concentration at every flow switch, caused by the emission of the
un-reacted methane present in the inert beds and the piping situated between the reactor and
the switch valves produced every time the flow is reversed (phenomenon often referred to in
the literature as “wash-out”). The amount of methane emitted this way is very small, except

when operating the reverse-flow reactor at very low switching times (less than 50 s).

The general good agreement between model predictions and experimental results, both for
stable and un-stable operation, allow considering the simulation model as experimentally

validated.
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3.3. Reverse-flow reactor bed types: reactor design

One of the decisions taken in the early stages of the design of reverse-flow reactors is the
selection of the type of bed. This section is devoted to provide some information useful for the
selection of the bed type for a given design problem, by comparing the performance of
reverse-flow reactors equipped with three types of beds: random particles, honeycomb
monoliths and ceramic foams. Comparison is performed by means of simulations with the
model described in the methodology section. The same model differential equations (2)-(5) are
valid to simulate the different bed types considered. The differences between beds are due to
the different geometrical and physical properties and the different flow pattern, which results
in different correlations to calculate the gas to solid heat and mass transport coefficients and

the heat and mass axial dispersion, as shown in Table 2.

The model, formed by differential equations and the corresponding correlations, has been
validated for ceramic foam beds and at reverse-flow operating conditions in the previous
section. The validation for beds of random particles and honeycomb monoliths was presented

and discussed in detail in previous works [3, 8, 23].

Comparison of the different bed types is very difficult, as they differ in many properties,
including geometry, bulk density, pressure drop, mass and heat transfer, and catalytic
characteristics. There are many criteria that can be used for the comparison. As in this case the
bed is a catalytic one, and its main function is to convert methane to full oxidation products,

the comparison criteria was selected based on the bed catalytic properties.

The catalytic beds are commonly formed by a support material covered by a washcoating layer
with better properties as support of the active phase. In the comparison, we have considered
that the washcoating layer in the three beds is the same, e.g. it has the same thickness (L,, =
10® m) and fraction of active phase (2%, wt. Pd/wt. washcoat), providing then the same
catalyst activity. The corresponding geometrical properties of the beds have been calculated
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so that their specific external surface area (S,= 1600 mz/mgbed) and wall thickness (5 - 10” m,
including the washcoating thickness) are the same, as shown in Table 3. The resulting beds are
a foam of 7 ppi with 80% bed porosity, a honeycomb monolith of 200 cpsi with 52% bed
porosity and a bed of Raschig rings with 3.16 mm external diameter and 60% bed porosity. In
this way, the weight of catalyst active phase (and the intrinsic catalyst activity) per unit volume
of bed is the same for the 3 beds compared. The physical properties of the beds, e.g. solid
density, heat capacity and thermal conductivity, are the same (see Table 3), as the beds are

considered to be made of the same material (in this case a refractory ceramic).

The 3 bed types are compared by designing a reverse-flow reactor for each bed type that
operates with the same performance for given conditions. The reactor feed consists of air
containing 1000 ppm methane (AT,y = 22.72C). The design of the reactor involves the
calculation of the reactor length and diameter needed for treating a given feed. As the reactor
diameter is related to the superficial velocity and total gas flow rate, and the reactor
performance depends on the superficial velocity [8, 31], the reverse-flow reactor is designed
for different superficial velocities in the range 0.25 — 1.5 m/s (measured at normal conditions).
The reactor length is calculated so that 99% stable conversion is achieved when operating with
300 s switching time. As pointed out in the Experimental section, switching time strongly
affects the reactor behaviour, and hence the length required to achieve a pre-defined
conversion. Thus, very high switching times require very large reactors, and very low switching
times reduce the lifetime of the switching valves and increase the wash out effect. The value
selected for switching time, 300 s, can be considered as a good balance between these two
factors [1, 35]. In the model used, temperature and concentration through the reactor do not
depend on the reactor diameter. For this reason, in the calculations it is not necessary to
specify feed flow rate or reactor diameter. If one of these two variables is specified, the other

can be easily calculated, given the superficial velocity.
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The reactor length needed for achieving stable 99% outlet conversion is calculated by
simulating the reactor with different bed lengths up to the pseudo-steady state. As an
example, Figure 6 shows the results for the case of 0.5 m/s superficial velocity. Each point of
the curves corresponds to a single simulation up to the pseudo-steady state. It can be
observed that below a characteristic reactor length, conversion falls to zero (reactor extinction

occurs).

3.4. Reverse-flow reactor bed types: comparison

Figure 7 to 9 show the results of the reactor design and some properties corresponding to

different superficial velocities and for the specifications indicated in the previous section.

The reactor length required to achieve 99% stable conversion (Figure 7a) indicates that on
increasing the superficial velocity the reactor length increases. Increasing superficial velocity
means increasing the reactor feed per unit bed transverse area, and this would require an
increase in space time and reactor length. But in our reverse-flow reactor, the reaction zone
does not occupy the whole bed length (see Figure 2), so the increase in reactor length is mainly
required to compensate the increase in the speed of the heat wave travelling inside the
reactor produced by the increase in superficial velocity. The honeycomb monolith bed requires
the lower bed length for all the superficial velocities studied, followed by the foam and
random particle beds. The slope of the curve for the foam bed is the smallest, and for the
particulate bed the highest, so that for high superficial velocities the performance of the foam
gets close to the honeycomb monolith beds, whereas that of the particulate bed is much
worse. The observed tendencies can be explained by the influence of the thermal inertia of the
bed. Thus, the foam with higher bed porosity than the honeycomb monolith (0.8 and 0.52,

respectively) presents lower heat storage capacity (J/m>.q), so the speed of the heat wave
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travelling inside the reactor is higher. For this reason, the foam bed requires a higher length to

avoid the hot temperature plateau leaving the reactor.

Figure 7b represents the reactor volume needed for 1 m*/s (normal conditions) feed flow rate.
The performance of all beds improves when increasing the superficial velocity. This is related
to the variations of temperature profile and other properties discussed in the next paragraphs.
Considering the volume needed to treat a given feed, it is better operating at high flow rates.
The best performance corresponds to the honeycomb monolith, followed very close by the
foam for superficial velocities higher than 1 m/s. The particulate bed provides the worse

performance, except for very low superficial velocity.

Maximum temperatures attained in the temperature plateau in the reactor centre are
depicted in Figure 7c as a function of superficial velocity. Maximum temperature in the
random particle bed depends very little on the superficial velocity, whereas for the honeycomb
monolith bed it increases slightly with superficial velocity, and for the foam bed the increase is
very pronounced. This behaviour is explained by the differences in thermal inertia of the beds,
(1-€,)psCps, related to the capacity of the bed to store energy as sensible heat. The foam bed
has the lowest bed porosity (80% against 60% and 52% of the random particle and honeycomb
monolith beds, respectively), and hence the lower thermal capacity (360 ki/m>..q K vs. 720
ki/m*eq K and 864 ki/m?.q K of the random particle and honeycomb monolith beds,
respectively). Since a similar amount of heat must to be stored in the bed every cycle in order
to maintain stable operation (for a given heat released by the reaction and switching time), the
foam bed, with lower heat storage capacity, produces a higher bed temperature at the

pseudo-steady state.

The longer bed required by random particles when compared to the honeycomb monolith bed

is not in agreement with results in a previous work [32], and is explained by the lower

19



temperature plateau, and hence lower reaction rates, attained by the particulate bed, as

shown in Figure 7b.

The simulations carried out in this section assume that the reactor is formed by a uniform
catalytic bed. But the parabolic temperature profiles characteristic reverse-flow reactors (see
Figure 2) mean that at both sides of the high temperature plateau the temperature is too low
for the reaction to take place appreciably, and hence, in this part of the bed the catalyst is
usually substituted by inert material for economy. The length of the catalytic bed that can be
replaced by inert material (considered in this case to be of the same type and properties) can
be estimated from the simulated conversion profiles at the pseudo-steady state, as the bed
length for which 10% conversion is attained at the end of a direct cycle (gas flowing from the
left to the right). Although the substitution of part of the catalytic bed by inert could produce a
decrease in outlet conversion, our simulation results indicate that for our conditions, the

conversion decrease is very small and within the error of the model predictions.

Figure 8a shows the fraction of the catalytic bed that, according to these results, cannot be
substituted by inert material. As shown, this fraction varies only slightly with superficial
velocity and is very similar for the random particle and honeycomb monolith beds, in the range
52-57% for all the superficial velocities considered. This is explained by the little influence of
the superficial velocity in the plateau temperature, as discussed above. On the other hand, the
bed fraction that cannot be substituted by inert material for the foam bed increases from 50 to
70% when increasing superficial velocity, because, due to the low thermal capacity of foams,
most of the bed must be catalytic in order to maintain the reaction zone in the catalytic bed
for high superficial velocities. Combining the results in Figure 8a with the volume needed for
treating 1 m*/s (n.t.p.) of feed (Figure 7b), one can calculate the volume of catalyst bed, and
hence the mass of active phase, needed for every bed type. Results are shown in Figure 8b.

The shape of the curves is similar to the ones in Figure 8a, the honeycomb monolith being the
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bed that requires less active phase at all conditions studied. The difference between
honeycomb monolith and foam is bigger than in Figure 7b, due to the higher fraction of
catalytic bed required by foams. The particulate bed requires the higher amount of active

phase, except for very low superficial velocity.

Another important characteristic of reverse-flow reactor from an economical point of view is
pressure drop. Thus, this variable depends on bed length, shape and geometrical properties of
the bed. Figure 8c depicts the pressure drop needed to achieve 99% stable conversion for the
3 beds considered. As expected, the particulate bed presents the higher pressure drop,
followed at great distance by the foam and honeycomb monolith beds, in this order. The
difference in pressure drop between the bed types increases on increasing the superficial
velocity, which means that the use of structured beds, and in particular the honeycomb
monolith bed, is favoured at these conditions. It is well known that structured beds (foam and
honeycomb monolith) produce lower pressure drops due to the more efficient gas-solid
contact and the higher bed porosity, and hence are more adequate for processing high feed

flow rates.

Figure 9 compares the different bed types in terms of transport properties, related to the
reaction rate and heat transfer, and hence to the performance of reverse-flow reactors. Gas-
solid mass and heat transfer coefficients are higher for the foam bed, followed by the
particulate and honeycomb monolith beds, in this order (Figure 9a and b). In addition, mass
and heat transfer in the foam bed increase substantially with superficial velocity, as the shape
of the foam bed favours turbulence on increasing gas velocity. On the contrary, the shape of
the honeycomb monolith bed reduces or eliminates turbulence (the flow pattern is laminar),

and for this reason the coefficients are unaffected by the superficial velocity.

The axial mass and heat gas dispersion coefficients are depicted in Figure 9¢ and d. Superficial

velocity increases axial dispersion for all bed types, as a consequence of the increase of
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turbulence in the fluid phase. The foam bed presents considerably higher axial dispersion
coefficients, as it produces the higher turbulence. High mass axial dispersion coefficients can
be negative for the reactor performance, as they produce deviation from plug flow and
decrease conversion, but in this case values of the dispersion modulus D.,/ugly for the foam
bed are very low (always lower than 3 - 10?), so in our conditions axial dispersion has no

practical negative effect on the reactor performance.

Gas heat axial dispersion favours heat transmission in the axial coordinate. It depends on the
convective heat transfer, connected to gas axial mixing, the gas-solid heat transfer coefficient
and the solid effective thermal conductivity. Very low axial heat dispersion may produce hot
spots in the bed temperature profiles, which can be difficult to dissipate and can cause local
catalyst thermal deactivation, but very high axial heat dispersion can produce too much axial
heat transfer from the hot bed centre to the colder bed sides, which would reduce the thermal
efficiency of the regenerative heat transfer between the hot gas and the bed that must take
place in the bed ends. Then, if using a solid with low thermal conductivity (typically less than
0.5 W/m K) as catalyst support, it would be interesting shaping this material as foam bed, in
order to favour axial heat dispersion in the gas phase. For solids with higher thermal
conductivity, as in our case, the axial heat transfer in the solid phase is enough to avoid hot
spots, and axial gas mixing, and hence, the type of bed is of little relevance for the axial heat

transfer.

4. Conclusions

Experiments performed in a bench-scale adiabatic reverse-flow reactor equipped with a
ceramic foam catalytic bed have demonstrated that despite the low thermal inertia of the

ceramic foam, the stable reverse-flow operation was possible for the catalytic combustion of
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lean methane-air mixtures. The results indicate that the reactor stability decreases as
switching time increases and methane concentration decreases, results qualitatively similar to
that for reverse-flow reactors equipped with other types of beds. Thus, the switching time
plays a similar role as in other reverse-flow reactors, controlling the amount of heat stored in

the bed between cycles and hence the maximum bed temperature and reactor stability.

A detailed mathematical model, formed by the conservation equations (mass and energy
balances) and specific correlations used to calculate the physical and transport properties of a
foam bed, has been proposed to simulate the behaviour of reverse-flow reactors equipped
with ceramic foam beds. The model has been validated by direct comparison of the
simulations with the experiments, concluding that the model can predict with high accuracy

the experimental results.

The model has been used to design reverse-flow reactors containing different types of beds:
ceramic foam, Raschig ring and a honeycomb monolith. The comparison of beds of equivalent
geometry showed that for the conditions studied the honeycomb monolith bed is the more
efficient. It requires the lower bed length and active phase mass, and produces the lower
pressure drop. The foam bed was found to present better gas to solid transport properties
(both mass and heat) and a competitive pressure drop, while being less efficient than the
honeycomb monolith for heat storage. For this reason, the use of foam beds is favoured in the
catalytic bed of the centre of the reactor, where fast mass and heat transfer is demanded,
whereas the honeycomb monolith should be used in the inert beds, where high heat storage

capacity is preferred.
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Nomenclature

Latin symbols

a

Gez

foam window or pore diameter (m)

S, /€, geometric surface area per unit of gas volume (m?/m?*,)
S,/(1— €,), geometric surface area per unit of solid volume (m*/m°.iiq)
total molar concentration (mol/m?3)

heat capacity (J/kg K)

characteristic length, dz for random particle, d;, for honeycomb monoliths and

gds for foams (m)

4/a., hydraulic diameter (m)

strut length (m)

[7:11; 25 Dp/ @5 D} ¥4 €5, Damkoeler number

effective pore diffusion coefficient (m?/s)

effective axial dispersion coefficient (m?/s)

molecular diffusion coefficient of j in the mixture (m?/s)

catalyst mean pore size (m)

activation energy (J/mol)

catalytic bed fraction (Mc./Miot)

volume fraction of washcoating (m> ashcoating/ M solid)
—

2,/ (1 — €,)/3m, function of the foam empty volume fraction

gas to solid heat transfer coefficient (W/m? K)
thermal conductivity (W/m K)

effective axial thermal dispersion coefficient (W/m K)
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Pe
pe™
PEfx
PE;';C

Pr

Re

Sc

Sh;

o

gas to solid mass transfer coefficient (m/s)

kinetic constant per unit of catalyst mass (mol/kg..: s Pa)
pre-exponential factor (mol/kg..: s Pa)

length (m)

Weight of Pd active phase (kg)

hsd/kg, Nusselt number

pressure (Pa)

d,vpg Cpg/ kg, Peclet number for heat transfer

dy, v,ijm, Peclet number for mass transfer

A,V P; Cpg /K o, Peclet number for axial heat dispersion
dy, v/’DjJax, Peclet number for axial mass dispersion
Cpg g/ kg, Prandlt number

reaction rate of j per unit weight of catalyst (mol/kg..: S)

ideal gas constant (8.314 J/mol K)

d VypPgo/ €uits, Reynolds number

tel Pe D;p, Schmidt number
K d/Djy,, Sherwood number

geometric surface area per unit of bed volume (m*/m?,.q)
temperature (K)

interstitial velocity (m/s)

reactor volume (m?)

conversion

molar fraction
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Subscripts
0]

ax

Superscripts
H

M

Greek symbols

3

AH;

axial coordinate (m)

z/dy Pe, dimensionless axial coordinate

inlet conditions
axial

bed

gas
constant heat flux
internal
j-compound

mixture/mass

reactor
solid

constant temperature

heat

mass

porosity, -

combustion enthalpy of j (J/mol)
Thiele modulus

intenal effectiveness factor
viscosity (kg/m s)

density (kg/m°)
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tortuosity
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Caption to figures

Figure 1

Figure 2

Figure 3

Figure 4

Figure 5

Photograph of a foam cell obtained with a stereo microscope, indicating the

measurement of cell size (¢), pore size (a), and strut diameter (ds).

Temperature and concentration profiles of the foam reverse-flow reactor at
the beginning (o ...), the middle (A --), and the end (O ==) of the half cycle
starting at 40 min. Flow direction from left to right. Symbols: experiments.
Lines: simulations.

Qg = 15 L/min at n.t.p. AT,y = 150°C. t,,, =300 s (a and c) and 600 s (b and d).

Foam reverse-flow reactor temperature profiles at different methane feed
concentrations (a) and switching times (b). End of half cycle with flow direction
from left to right. Qg = 15 L/min at n.t.p.

(a) tew = 300 s. AT,4 = 100 (0),120 (A) and 1509C (o).

(b) ATaq = 752C. tg, = 50 (0), 100 (A) and 200 (9) s.

Comparison of experiments (==) and model predictions (==): evolution of bed
temperature with time. Qg = 15 L/min at n.t.p. t,, = 300 s. AT.,q = 100 (a) and
150°C (b).

Comparison of experiments (==) and model predictions (==): evolution of
methane outlet concentration with time. Qg = 15 L/min at n.t.p. t,, = 300 s.

AT, =100 (a) and 1509C (b).

29



Figure 6

Figure 7

Figure 8

Figure 9

Major conversion as a function of bed length for the random particle (o),
honeycomb monolith (o) and foam (0) reverse-flow reactors. us = 0.5 m/s

(n.t.p.), tsw = 300's, yeo = 1000 ppm (AT,q = 27.72C).

Comparison of random particle (o), honeycomb monolith (o) and foam (0)
reverse-flow reactors at different gas flow velocities: (a) reactor length
required for 99% conversion, (b) reactor volume corresponding to feed 1 m?®/s

(n.t.p.), and (c) maximum solid temperature.

Comparison of random particle (o), honeycomb monolith (0) and foam (9)
reverse-flow reactors at different gas flow velocities: (a) catalyst bed fraction,
(b) mass of active phase contained for feed 1 m?/s (n.t.p.), and (c) total

pressure drop.

Comparison of random particle (o), honeycomb monolith (o) and foam (9)
reverse-flow reactors at different gas flow velocities: (a) gas-solid mass
transfer coefficient, (b) gas-solid heat transfer coefficient, (c) mass axial

dispersion coefficient, and (d) effective axial thermal conductivity.
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Figure 2
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Figure 3
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Figure 4
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Figure 7
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Figure 8
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Figure 9

(a)

Kg (m/s)

—
(2)
—

D (m?/s)

15
1.25

0.75
0.5
0.25

0.025

0.02

0.015

0.01

0.005

U (m/s)

(b)

h (W/m?K)

(d)

kGez (W/ m K)

600
500
400
300
200
100

10

U (m/s)

0.5

39



List of tables

Table 1

Table 2

Table 3

Properties of the Pd/B-SiC foam catalyst.

Correlation used for determining the transport properties in Raschig rings,

honeycomb monolith and foam beds.

Properties of the Raschig rings, honeycomb monolith and foam beds used in

the comparison of the reverse-flow reactor performance.

40



Table 1

Geometrical properties

Pore density
Cell size, @

Poresize, a
Strut diameter, d_
Bed porosity, ¢,

Specific external surface area,
Ay

v

7 ppi
3.54-10%m

1.15-10°m
4.7-10%m
0.8

1700 m?/m>peq

Mean pore size, Apore 2.77-10%m
Internal porosity, €int 0.27
Internal tortuosity, Tint 4

Physical properties

Apparent density, g 220 kg/m’
Solid density, ps 2670 kg/m’

Solid heat capacity,  Cpg

Solid thermal conductivity,

kes

348 +125In (T -273)J/kgK

8.1 W/mK

Intrinsic reaction properties

Pre-exponential factor, kg

Activation energy, E,

Enthalpy of combustion,

15 mol/kg..: s Pa
89 kJ/mol

- 802.5 kJ/mol
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Table 2

Random particle bed

Honeycomb monolith bed

Foam bed

Gas to solid transport

Sh =2+ fry Ret/25c1/3

Shy = 3.095 + 8.933(1000z%) "%-5*%¢ exp(—6.7275z2")
Shy = 2977 + 6.854(1000z*)~%317* exp(—42.49z")

Sh = 0.91 (Re,,,, )+ §5ct/3

23 35 33
(23] Sh— Shy, DaSh 135] 133]
Shy —Shy (Da+ Sh)Shy
Nu,, = 3.095 + 8.933(1000z*) %326 exp(—6.7275z2")
Nu =2 + fy-Ret/2prt/2 Nu; = 2.977 + 6.854(10002*) %3174 exp(—42.49z2"
Nu — Nug Da Nu
Nu, — Nuy (Da+ Nu)Nu,
Axial dispersion
D - (dpvopso) 0.73 N 0.5 v |1 peM]? " 87 -
ax De Re Sc 14 9.7 [23] PE,, = —PEM + —192 PE;, = _PE‘M + 0.84 [34]
Re Sc i}
0.73 0.5 [ 1 peH]? g7 -1
Kgax = (dpVoPsoCrc) Re Pr + . 9.7 [23] PEE = Pe'ﬁ_'_ﬁ PEg: = [@ 0 84] 341
Re Pr .
Friction factor
2(1—¢,) (150 42 4\13.3 Fo2 1-6 (150 Lt
f=—"g i =\ ) %e e )\Re ' Re'S) [7]

€5 Re, Re-p
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Table 3

Common properties

Specific external surface area,
S

v

1600 m?/m>peq

Washcoating thickness, L, 10% m
Wall thickness 5-10"m
Solid density,  ps 2000 kg/m?
Solid heat capacity, Cps 900 J/kg K
Solid thermal conductivity, 1 W/m K
Raschig rings
External particle diameter 3.16-10°m
Internal particle diameter 2.16-10°m
Height of particle 3.16-10°m
Sphere equivalent diameter,

dyss 2.93-10°m
Sphericity 0.51
Equivalent particle size, dp 1.5-10°m
Bed porosity, € 0.6
Washcoating fraction , f,, 0.4
Honeycomb monolith
Cell density 200 cpsi
Hydraulic diameter, Dy 1.31-10°m
Bed porosity, & 0.52
Washcoating fraction, f, 0.34
Foam
Pore density 7 ppi
Cell size, @ 354-10%m
Pore size, a 1.15-103m
Strut diameter, d, 5.10%m
Bed porosity, € 0.8
Washcoat fraction, f, 0.8
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