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Abstract

Unconventional methane resources are usually diluted in air, which prevents their use as feedstock in
chemical or thermal processes. Some of them (e.g. coal mine ventilation air or diluted landfill biogas)
are emitted directly to the atmosphere without harnessing, increasing the contribution of methane
to global warming. Gas permeation membranes offer an alternative for the concentration of these
methane resources, increasing considerably their harnessing possibilities. Microporous materials,
such as carbon molecular sieve, zeolite or metal organic frameworks, have emerged as alternative to

polymeric materials for the preparation of these membranes.

The present work is based on simulations of the separation of methane and nitrogen mixtures, using
SAPO-34 and carbon molecular sieve membranes. Mass transfer has been modelled in two scales:
the membrane material (modelled using the Maxwell-Stefan multicomponent surface diffusion
model) and the membrane module (based on the plug flow model). A sensitivity analysis of the
influence of the main operating variables on the membrane performance has revealed that the most
important ones are transmembrane pressure difference, methane feed concentration and
membrane loading. It has been found that SAPO-34 membranes are more suited to concentrate

methane in lean mixtures, while the carbon membrane perform better with rich mixtures.

The membrane process has been scaled-up for a feed gas flow rate of 1000 m3/h n.t.p. with target

methane recovery of 70% for two cases: lean (1%) and rich (50%) methane feed mixtures.
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1. Introduction

Unconventional methane resources, i.e. different from natural gas, include important renewable and
non-renewable ones, such as, coal bed and coal mine ventilation air methane, emissions from the
natural gas extraction and distribution systems, biogas produced in landfills and anaerobic digestion
processes, etc. Some of these methane sources are usually emitted to the atmosphere without
harnessing, because methane is diluted with other gases (typically nitrogen, oxygen and carbon
dioxide). Given that methane is a powerful greenhouse gas, the second in importance after carbon
dioxide, it contributes to the uncontrolled global warming [1]. The concentration of methane in these
unconventional resources opens the door to a range of chemical and thermal upgrading techniques.
Chemical upgrading may include the transformation into syngas (dry or wet reforming) or methanol
(partial oxidation) [2, 3]. Thermal upgrading can be accomplished, depending on the concentration,

using gas turbines, reciprocating machines or regenerative oxidizers [4-6].

Different separation operations have been proposed to separate or concentrate methane, such as,
cryogenic distillation, absorption, adsorption or membrane separation [7-13]. Gas permeation
membranes are based on the different transport rates through a porous membrane of the
compounds of a mixture. Membranes have been successfully proposed to separate methane/carbon
dioxide mixtures [14, 15]. On the contrary, the separation of methane/nitrogen mixture has been

studied to a lower extent, particularly for the case of low methane concentration emissions.

Methane and nitrogen are molecules with similar properties and size (kinetic diameter of 0.38 and
0.36 nm, respectively, for methane and nitrogen). For this reason, their separation is a challenging
task. Polymeric membranes are used in many industrial applications; however, they display low
permeability and limited selectivity for the case of methane/nitrogen mixtures [7, 16]. A review of
the application and scale-up of polymeric membranes in the natural gas sector can be found in the
literature [17, 18]. In the last years, a new family of microporous inorganic membranes has been
developed, which can be a promising alternative for the separation of methane/nitrogen mixtures.
These membranes have narrow pores of similar size to the gas molecules, so the gas adsorbs on the
pore surface and, then, diffuses to the permeate side. Hence, the transport mechanism is ruled by
surface diffusion. According to this mechanism, materials with a high adsorption capacity towards

one of the compounds are able of permeating this compound at a faster rate [19].

Microporous membranes include carbon molecular sieve, zeolite and metal organic framework
membranes. Carbon molecular sieve (CMS) membranes are obtained by high-temperature pyrolysis
of some polymeric materials, such as, polyimide [20], ZIF-108 doped polyimide [21],

poly(benzimidazole) [22] and polyvinylidene chloride-acrylate ter-polymer latex [23]. They contain



micropores (0.7-2 nm) and ultramicropores (<0.7 nm), the latter ones being responsible of the high
separation selectivity for methane/nitrogen mixtures, e.g. permselectivity of 6 [20] and 8 [22] have

been reported.

Zeolite membranes have a three-dimensional crystalline structure with uniform pore size
distribution. SSZ-13 and SAPO-34 (both with pore size of 0.38 nm) have been proposed as
membranes for the separation of methane [7, 24]. Compared to the SSZ-13 membranes, SAPO-34
membranes are more attractive, because of their high nitrogen permeance [24]. SAPO-34
membranes have already been prepared in cylindrical shape, offering a selectivity in the range 5-8 for
methane/nitrogen mixtures [25-28]. As for SSZ-13 membrane, selectivity as high as 12 has been
reported [25]. Decadodesil 3R (DD3R, pore size 0.36 x 0.44 nm) membranes are promising with good

separation performance (methane/nitrogen selectivity in the range 20-45) [29].

Metal organic framework (MOF) membranes, similarly to zeolite membranes, present a highly
regular pore structure. This family of materials is very promising, because there is a great range of
organic blocks and metal cations to choose from, making pore geometry and properties highly
tuneable. Inside this category, zeolite imidazole frameworks (ZIF) stand out due to their adsorption
capabilities [30, 31]. Membranes made of ZIF-8 have been prepared and studied for gas permeation
[32, 33]. However, most previous studies are focused on the separation of hydrogen and carbon

dioxide/nitrogen mixtures. Further research is needed for the case of methane/nitrogen mixtures.

Given the recent advances in the membrane separation regarding methane/nitrogen mixtures, two
membranes have been considered for the study of the present work: SAPO-34 and carbon molecular
sieve membranes. These two membranes are representative of their respective microporous

material groups.

The present work is based on the use of model simulations at two scales: permeation inside the
membrane material and mass transfer in the membrane module. Using this approach, it is possible to
predict permeation rates, but also determine the concentration profiles inside the membrane
modules. However, most modelling works are only focused on the simulation of the permeation
inside the membrane material. The present work provides new insights into the further application
of the membranes for the separation of methane/nitrogen mixtures. Hence, the simulation of the
membrane module is considered critical to obtain information regarding the process assessment and
scale-up. For this purpose, first, a sensitivity analysis of the main operating variables of the process
has been carried out to determine the impact of these variables and optimize their values. Then, the
design and scale-up of the membrane process has been done for two cases: rich and lean methane

sources.



2. Materials and methods

2.1. Modelling of membrane permeation

In micropore membranes, the pore size and molecule diameter are similar, so molecules never scape
completely from the surface force field. Consequently, surface forces become the dominant mass
transport phenomena. The Maxwell-Stefan model can be extended to describe the multicomponent

surface diffusion in micropores [19, 34]:
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Where pg is the density of the solid, g, is the concentration of adsorbed species at saturation, Nis are
the surface diffusion fluxes, 0; is the fractional surface coverage (8; = q;/qs) and B° are the surface

Maxwell-Stefan diffusivities.

Assuming local equilibrium between surface and adjacent fluid, the surface chemical potential (u;)

can be expressed as follows:
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Where [; are the Maxwell-Stefan thermodynamic factors, obtained using an adsorption isotherm
expression, and p; are the partial pressures (at high pressure, fugacity should be used instead of
partial pressures to account for non-ideal gas behaviour). For the case of the Langmuir adsorption

isotherm, the Maxwell-Stefan thermodynamic factors for a binary mixture are [19]:
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The combination of equations (1) and (2) gives the final Maxwell-Stefan model. Flux expression in n-

dimensional matrix is [35]:

(N?) = —ps[B*]7H[T1(Vqy) (4)

Where the elements of [BS] are defined as:
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The interacting surface Maxwell-Stefan diffusivities, B;, represents the coupling effects, i.e. the

ijr

interactions between molecules. These parameters can be obtained experimentally or estimated



using single-compound surface Maxwell-Stefan diffusivities, &;. A detailed study about coupling
effects can be found elsewhere [36]. For the case of microporous materials formed by large cavities
separated by narrow pores, such as, SAPO-34, ZIF-8 and other zeolite and MOF structures, the pore
aperture is so small that only one molecule can diffuse at the same time. In these situations, the

coupling effects can be made negligible at pressures below 10 bar, i.e. 1/ij = 0 [36].

Equation (4) provides the molar flux as a function of the concentration gradient of adsorbed species
(g;). In order to calculate the molar flux, this equation must be combined with the mass balance to
the membrane thickness, eq. (6), and solved using as boundary conditions the concentration of
adsorbed species at both membrane sides. For 1D rectangular coordinates, this is traduced into the

following set of equations, where z is the membrane thickness coordinate.

dN?
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The concentration of adsorbed species at both membrane sides, g; retentate a3Nd G; permeate, are
calculated using the adsorption isotherm, evaluated at the corresponding partial pressures at both

membrane sides.

Note that [B*] and [I'] of equations (6) and (7) depend on the concentration of adsorbed species
(q; = qs0;). Hence, these differential equations correspond to a boundary value problem, which

have been solved using a code written in MATLAB based on bvp4c function.

The membrane permeation model requires two sets of parameters: a multicomponent adsorption
isotherm (equilibrium) and Maxwell-Stefan surface diffusivities (kinetics). In the Supplementary

Information, it is detailed how these parameters are determined from literature experimental data.

2.2. Modelling of the membrane module

Membranes are installed inside modules, so once the membrane permeation is modelled by
adequate equations, as explained in the previous section, the modelling should be extended to the
module. The module is responsible for introducing and distributing the feed on one side of the
membrane and collecting the permeate on the other side. The type of flow pattern inside the
membrane module may limit the degree of separation of a given membrane. For this reason, the
membrane module should be modelled, if the purpose of the model is the design, scale-up or

optimization of the membrane separation.



In the present work, hollow fibre membrane modules have been chosen to support the membrane
materials. These modules are made of an array of several fibres of small diameter, stack together
inside a cylindrical shell. The feed is typically introduced through the inside of the fibres, while the
permeate stream is collected from the shell side. In both compartments, fibre and shell sides, the
flow pattern is approximated by the ideal plug flow. The plug flow model offers two possible flow
configurations for the feed and permeate streams: co-current and counter-current. In co-current
configuration, retentate and permeate outlets are on the same side of the membrane, so the gas
flow direction is the same for the fibre and shell sides. On the contrary, in counter-current

configuration, the gas flows are in opposite directions.

The model equations are obtained from separate mass balances in 1D to the retentate (R) and
permeate (P) sides of the module. All the fibres are considered to exhibit the same behaviour, so

they are modelled as a whole. The module is considered isothermal.

dFg;
- Jidm Frilx=0 = Fo ¥i0o  (retentate) (8)
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I = —JiAn, Fpilx=1 = Fsw Yisw (permeate,counter current flow) (10)

Where x is the dimensionless axial coordinate of the module, F; is the molar flow rate of compound
i, y; is the molar fraction of compound i, 4,, is the membrane area and J; molar flux permeated
through the membrane. Sometimes, a sweep gas is introduced in the permeate side of the
membrane to decrease the concentration of the permeated compounds and increase the partial
pressure difference. This is accounted for by the corresponding boundary conditions, as shown in the
previous equations (denoted as sw). However, in the present work, no sweep gas is used, because

this leads to a decrease in methane concentration (i.e. F;,, = 0).

This type of 1D model has been validated experimentally for commercial polymeric membrane
modules by different authors [14, 37, 38]. Permeation data of different gas mixtures (CH4/CO,, N»/O,,
etc.) has been predicted with good results. Haddadi et al. [38] evaluated the performance of 1D and
3D models for membrane modules. They found that 1D models are suitable for efficient process
scale-up and optimization (e.g. selection of flow configuration, transmembrane pressure difference
or feed flow rate adjustment), while 3D models can be used for a detailed analysis of the module
(investigation of geometrical effects like spacers or flow effects like concentration polarization). The
present work is focused on the process assessment and scale-up and, hence, a 1D model has been

selected.



The differential equations describing the behaviour of the membrane module have been solved using
a code written in Matlab based on function ode15s (for co-current flow) or bvp4c (for counter-
current flow). The permeation flux (J;) varies along the membrane length, due to changes in the
compound concentrations. This means that the set of eq. (6) and (7) are nested inside eq. (8) to (10).
Thus, for a given set of the axial coordinate in the membrane module x, with known retentate and
permeate concentrations, the permeated flux is calculated from eq. (6) and (7), i.e. J; = N5|,=s.
Then, this permeated flux is used in eq. (8) to (10) to solve the molar flow rates and another set of

retentate and permeate concentrations are obtained.

3. Results and discussion

3.1. Membrane performance

In this section, the performance of the membranes has been analysed and compared to each other.

The performance has been measured in terms of permeance (I1;), which is defined as follows:
Ji = 1I; Ap, (11)

Where J; is the permeated flux and Ap; is the partial pressure difference between the retentate and

permeate sides. The membrane permeance is related to the permeability (P;) using P; = I1;4, where
4 is the thickness of the membrane active layer (for § in um and I1; in GPU, P; is obtained in barrer).

The permeated flux, J; = N°|,_s, has been simulated using the multicomponent surface diffusion

model, eq. (4) to (7), and the permeance calculated using eq. (11).

Figure 1 shows the experimental and predicted permeances at 293 K for the SAPO-34 (Ap = 138 kPa)
and carbon (Ap = 85 kPa) membranes. More information about the structure and properties of these

membranes can be found in the Supplementary Information.

For the SAPO-34 membrane, nitrogen single-gas permeance is 435 GPU (2700 barrer), which is 8.7
times higher than methane. The adsorption properties (iError! No se encuentra el origen de la
referencia.) actually exhibit the opposite behaviour with K = q¢b being 3.1 times higher for
methane. On the contrary, nitrogen surface diffusivity D is 23 times higher than methane, which is
attributed to the different molecule sizes. This explains the differences observed in the permeances.
Figure 1 also includes the mixture permeances predicted by the model with nitrogen mixture
permeance decreasing a bit on increasing methane mole fraction in the gas phase. This can be due to
higher methane adsorbed concentrations that may negatively affect to the nitrogen permeation. On

the contrary, methane permeance is almost independent of concentration.
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Figure 1. Membrane permeance at 293 K (symbols: experimental data; lines: model predictions):

a) SAPO-34 (Ap = 138 kPa) [24] and b) carbon (Ap = 85 kPa) [23] membranes.

The fact that nitrogen permeance is higher than that of methane for SAPO-34 membranes means
that nitrogen tends to concentrate in the permeate side and methane in the retentate side. The
N,/CH, separation factor varies with methane concentration, as shown in Figure 2, from 5.2 at low
concentration values to 2.2 at the high ones. The separation factor is defined as the ratio of
permeate and retentate mole fractions of one compound divided by that of the other one. These
results suggest that SAPO-34 membrane is a good membrane candidate for feeds diluted in methane,

the separation factor being higher at these conditions.

Carbon membrane stands out by a very high methane single-gas permeance, 1280 GPU (3200
barrer), which is 8.4 times higher than that of nitrogen. This is just the opposite behaviour to SAPO-
34 membrane. The adsorption capacity of methane in the carbon membrane is higher than nitrogen,
with K = q¢b being 3.1 times higher. In addition, methane surface diffusivity B; is 3 times faster than
that of nitrogen, which is explained by stronger interactions between methane molecules and the

carbon surface.
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Figure 2. Membrane separation factor at 293 K (model predictions): a) SAPO-34 (Ap = 138 kPa) and
b) carbon (Ap = 85 kPa) membranes.
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Differently from the SAPO-34 membrane, in the carbon membrane, methane concentrates in the
permeate side and nitrogen in the retentate side. Hence, both membranes should be compared in
term of the gas which permeates at a faster rate, either methane or nitrogen. Moreover, given that
the active layer of both membranes is different (6.2 um and 2.5 um, respectively, for the SAPO-34
and carbon membranes), it is better to compare the membrane permeability of both materials.
According to this, nitrogen permeability is 2700 barrer in SAPO-34 and methane permeability is 3200
barrer in the carbon membrane. These figures are quite similar, being methane permeability in the

carbon membrane only 20% higher.

The separation factor has a similar range to SAPO-34 membrane, but with the opposite behaviour
with respect to methane concentration. It is low (1.7) at low methane concentrations and increases
(up to 4.8) at high concentrations. As a result, this membrane is more suited for feeds rich in

methane that needs removal of some minor quantities of nitrogen.

3.2. Simulation of the membrane module

The considered membrane modules are not commercially available. For this reason, in order to gain
insight into the applications of the operation, the performance of the membrane module has been
studied by means of simulations. In the present work, a hollow fibre membrane module has been
considered. This module has been modelled according to the plug flow model, as explained in section
2.2. The plug flow model is simple, but it can determine the concentration profiles along the
membrane length accurately. Hence, this model can extrapolate the performance of the membrane
to the whole module, with gas concentrations changing from one point to the other, due to mass

transfer.

Figure 3 and 4 compare the results of the simulations for both membranes, SAPO-34 and carbon. The
conditions correspond to a methane feed concentration of 10%, transmembrane pressure difference
of 4 bar, co-current flow configuration and membrane loading, Fo/Am = 0.0530 mol/m? s for SAPO-34
and Fo/Am = 0.0595 mol/m? s for carbon. The membrane loading, Fo/An, is defined as the ratio of
molar feed flow rate (Fo) to membrane area (An). The membrane loading Fo/An is quite useful for
membrane sizing, because membranes with the same Fo/Am exhibit the same performance,
regardless of the membrane size. In this case, the membrane loading that determines a methane
recovery of 70%, in each membrane, has been selected. For this reason, the membrane loadings are
a bit different for both membranes. In our opinion, it is better to compare membranes for the same

methane recovery, instead of, for example, membrane area.
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Figure 3. Simulation of the membrane module: partial pressure profiles along the membrane length for
the retentate (==) and permeate (==) sides. Conditions: 10% CH, feed, Ap= 4 bar, co-current flow and

70% methane recovery. a) SAPO-34 (Fo/Am = 0.0530 mol/m?s). b) carbon (Fo/Am = 0.0595 mol/m?s).

The partial pressure profiles, which are the driven force for mass transfer, are depicted in Figure 3.
For the SAPO-34 membrane (Figure 3a), nitrogen partial pressure of the retentate side decreases
progressively along the membrane length. Thus, as shown in Figure 4a, nitrogen permeated flux is
much higher than that of methane, due to two factors: a higher partial pressure difference and a
higher permeance (see eq. (14)). Note that, in SAPO-34 membrane, nitrogen permeance is higher
than that of methane (see Figure 1a). As a consequence of this, methane partial pressure in the
retentate side increases from 50 kPa (10%) to 196 kPa (39%); this corresponds to an increase of 3.9
times the feed mole fraction. The permeate side is essentially nitrogen, with partial pressure being

almost constant along the membrane length.

The carbon membrane exhibits essentially the opposite behaviour to the SAPO-34 one. In the
retentate side, partial pressure profile along the membrane length decreases for methane and
increases a bit for nitrogen (Figure 3b). As explained before, in the carbon membrane, methane
concentrates in the permeate side. However, the permeated flux is higher for nitrogen (Figure 4b), as
for the SAPO-34 membrane. This behaviour can be explained in terms of eq. (14). In the carbon
membrane, methane permeance is higher (see Figure 1b). On the contrary, the partial pressure
difference is lower for methane (for example, in the middle point of the membrane, x = 0.5, it is 9 kPa
for methane and 391 kPa for nitrogen). This explains the higher permeated flux for nitrogen. Despite

this the difference between the permeated flux of methane and nitrogen is small enough to make it

10



possible for the concentration of methane in the permeate side. According to the results of Figure
3b, the permeate outlet stream contains 19 kPa of methane (19%), which means a concentration

factor of 1.9 times of the feed mole fraction.

0.05 T~ 0.02
F ooa | = —
E [ £ 0015 1
S 003 ¢ . s
£ - £ o001+
= 002 T = :
X [ X 0.005 §
E 0.01 + u_:‘_
0 - t B Oiiii!
0 0.2 0.4 0.6 0.8 1 0 0.2 0.4 0.6 0.8 1
a) Dimensionless length (x) b) Dimensionless length (x)

Figure 4. Simulation of the membrane module: permeated flux profiles along the membrane length for
methane (==) and nitrogen (==). Conditions: 10% CH, feed, co-current flow, Ap=4 bar and 70%

methane recovery. a) SAPO-34 (Fo/Arn = 0.0530 mol/m? s). b) Carbon (Fo/Am = 0.0595 mol/m?s).

3.3. Sensitivity analysis

The aim of the sensitivity analysis is the evaluation of the main design and operational parameters on
the behaviour of the membrane. Thus, the membrane performance has been measured in terms of
methane recovery (i.e. the fraction of the methane from the feed that is separated) and
concentration factor (i.e. ratio of methane mole fractions in the product and feed streams). The
influence of the following variables has been studied: methane feed concentration, flow
configuration in the membrane module (co-current or counter-current), transmembrane pressure

difference (Ap) and membrane loading (Fo/Am).

The sensitivity analysis has been done for the SAPO-34 and carbon membranes, using the model

described in the Material and Methods section.

3.3.1. Influence of transmembrane pressure difference

In the first place, the influence of transmembrane pressure difference has been analysed for co-
current or counter-current flow configurations. The results are presented in Figure 5 (SAPO-34) and

Figure 6 (carbon) for 1% methane feed concentration.
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In SAPO-34 membranes, methane concentrates in the retentate side, as discussed in section 3.2. For
this reason, an increase in the membrane loading (Fo/An) results in a decrease in the permeated flux
and, hence, an increase in methane recovery (Figure 5a). However, the concentration factor
decreases (Figure 5b), which means that the methane separated in the retentate will be less
concentrated. It should be noted that the curves of Figure 5 are very sharp, particularly for Ap =4
bar, with concentration factor decreasing from 10 to 3 when recovery only increases from 60% to

80%. For this reason, an adequate selection of the desigh membrane loading Fo/An is critical.

The transmembrane pressure difference is a parameter with a strong influence on the membrane
performance. Thus, on increasing pressure difference the curves of Figure 5 are shifted toward
higher membrane loadings, which means that lower membrane area would be required (for the
same feed flow rate). The impact on the concentration factor is also positive with higher methane
concentrations being possible for the same recovery. For example, for 70% recovery (co-current),

concentration factor increases from 3.1 at Ap = 1 bar to 6.3 at Ap = 4 bar.
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Figure 5. Influence of transmembrane pressure difference and flow configuration on the
performance of the SAPO-34 membrane. Conditions: 1% CHa, Ap=1 bar (==) and Ap=4 bar (==).

Flow configuration: co-current (solid lines) counter-current (dashed lines).

The carbon membrane exhibits a different behaviour, because methane is concentrated in the
permeate side of the membrane. Methane recovery decreases on increasing the membrane loading
Fo/An (Figure 6), but this decrease is not as sharp as for the case of SAPO-34 membrane (particularly
for Ap=4 bar). Thus, at low Fo/An values, the permeate flow rate is high, which leads to a higher

methane recovery, but with lower concentration factor (low methane concentration).
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Figure 6. Influence of transmembrane pressure difference and flow configuration on the
performance of the carbon membrane. Conditions: 1% CH4, Ap=1 bar (==) and Ap=4 bar (==). Flow

configuration: co-current (solid lines) counter-current (dashed lines).

Transmembrane pressure difference is of key importance for this membrane. Thus, in the permeate
side, methane concentration increases, which may lead to a decrease in the transmembrane partial
pressure difference. This decrease must be overcome with an increase in the transmembrane
pressure difference. Otherwise, the permeated flux will fall to zero, due to the absence of mass
transfer driving force. This can be observed in Figure 6. For Ap = 1 bar, methane recovery and
concentration factor are very low, because the partial pressure gradient is low. Consequently, higher

transmembrane pressure differences are recommended for this membrane.

3.3.2. Influence of the flow configuration

The flow configuration, co-current or counter-current, has little influence on the performance of the
SAPO-34 membrane. It has been observed a concentration factor a bit higher for co-current flow

(Figure 5b). This is due to the type of membrane with methane concentrating in the retentate side.

For the carbon membrane, the influence of the flow configuration is analysed at Ap = 4 bar. For the
same membrane loading Fo/An, both methane recovery and concentration factor are higher at
counter-current flow (Figure 6). Considering the same methane recovery of 70%, the concentration
factor is 1.9 for co-current and 2.6 for counter-current flow. This means that more methane and at a
higher concentration can be separated using counter-current flow. For the carbon membrane, for
which methane concentrates in the permeate side, counter-current flow configuration is better than

co-current one.
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3.3.3. Influence of methane feed concentration

The influence of methane feed concentration has been studied for a transmembrane pressure
difference of 4 bar. Methane recovery and concentration factor of SAPO-34 membrane are depicted
in Figure 7 for co-current and counter-current flow configuration. On increasing methane feed
concentration, recovery curves maintain a similar shape, but shifted towards lower membrane
loadings Fo/Anm (Figure 7a and c). This means that the area required by the membrane to achieve the
same methane recovery increases. Methane feed concentration has a marked influence on the
concentration factor (Figure 7b and d). The shape of the curve changes completely and, hence, the
influence of methane recovery on the concentration factor. At low concentrations (1%), this
influence is very strong with a sharp decrease in the concentration factor on increasing recovery. On

the contrary, at high concentrations (50%), the curve is very flat.

The flow configuration has no influence on methane recovery, even for high methane feed
concentrations, and the concentration factor is slightly higher for co-current flow configuration.
Hence, this flow configuration is the one recommended for this type of membrane with methane

concentrating in the retentate side.
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Figure 7. Influence of methane feed concentration on the performance of the SAPO-34 membrane:
(=) 1%, (=) 10% and (==) 50% CH.. Ap = 4 bar. Flow configuration: co-current (a and b) counter-

current (c and d),
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The carbon membrane has been analysed in Figure 8. As shown, this membrane has the opposite
behaviour to the SAPO-34 one: on increasing methane feed concentration, the curves of methane
recovery shift to higher membrane loadings Fo/Am. Hence, a lower membrane area is needed for
higher methane feed concentrations to obtain the same recovery value. In this membrane, methane
permeance is higher than nitrogen one, which means that methane concentrates in the permeate
side. When methane feed concentration is higher, the transmembrane partial pressure difference is
also higher, which results in a higher permeation flux and, hence, a lower membrane area is required
to process the same feed flow rate. Similar to the SAPO-34 membrane, the concentration factor
decreases with increasing methane feed concentration (Figure 8b and d). However, this decrease is
not as marked as for SAPO-34 membrane and the shape of the curve remains very similar for all the

concentration values.
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Figure 8. Influence of methane feed concentration on the performance of the carbon membrane:
(=) 1%, (=) 10% and (==) 50% CHa. Ap = 4 bar. Flow configuration: co-current (a and b) counter-

current (c and d),

The flow configuration has some influence on the carbon membrane for all methane feed

concentrations. For counter-current flow, methane recovery is shifted towards higher membrane
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loadings, which means that a lower membrane area is needed for the same performance, if using this
flow configuration. This positive effect of the counter-current flow is also observed for the
concentration factor, which increases with respect to that obtained at co-current flow, but only for

1% and 10% methane feed concentrations.

In general, the positive effect of counter-current flow is more marked at high recoveries (>60%) and

low methane feed concentrations (<10%). Otherwise, the curves for co-current and counter-current
flow configurations almost overlap. Given that the carbon membrane is more suited to concentrate

methane from rich feedstocks (i.e. methane feed concentration >50%), the differences between

both flow configurations at these conditions are minimal.

3.4. Membrane design and scale-up
3.4.1. Selection of membrane module

The membrane material is supported and arranged in membrane modules. The most common
modules are hollow fiber and spiral-wound, with plate and frame being used in some applications.
Hollow fiber modules contain a large number of membrane fibers with a very small diameter (0.5-2
mm), housed inside a shell. The modules can be made in different sizes, with membrane areas in the

range 0.05 to 5 m? per module [39].

In this work, hollow fibre membrane modules have been chosen to support the studied membranes,
because they are compact (provide large membrane area in small module volume). The selected
module consists of cylindrical fibres of 2 mm diameter and 1.5 m length. The highest fibre diameter
and lowest length are selected, within the recommended industrial standards, to minimize pressure
drop. A fibre loading of 500 fibres per module is considered, which corresponds to a membrane area

of 4.71 m? per module [39].

3.4.2. Membrane scale-up

The membrane process will be scaled-up for two cases, corresponding to lean and rich methane
feedstoks. In both cases, the same design specifications are used: feed gas flow rate of 1000 m3/h

n.t.p. and methane recovery of 70%.

The scale-up has been based on the model simulations and the results of the sensitivity analysis,
carried out in the previous section. First, for a given membrane, feed concentration and methane
recovery, Figure 7 or 8 are used to determine the required membrane loading (Fo/An). Note that the

information of these figures was obtained by simulation of the membrane and module models. Table
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1 presents a summary of the membrane loadings required under different scenarios for a methane
recovery of 70%. Finally, the membrane area is calculated from the required loading using the flow

basis, Fo=1000 m3/h n.t.p.

Table 1. Summary of membrane performance for 70% methane recovery and Ap = 4 bar.

SAPO-34 Carbon
Feed Flow Fo/Am Conc. Fo/Am Conc.
concentration configuration (mol/m?s) factor (mol/m?s) factor
1% CH4 Co-current 0.0614 6.3 0.0518 1.9
Counter-current 0.0633 5.2 0.0712 2.6
10% CH4 Co-current 0.0530 3.9 0.0595 1.9
Counter-current 0.0538 3.7 0.0797 24
50% CH4 Co-current 0.0324 1.5 0.123 1.6
Counter-current 0.0317 1.6 0.129 1.6

3.4.3. Case: lean methane feed

The first case consists in a lean methane feedstock with a feed concentration of 1% CHa. This low
methane concentration is found in many waste streams that, in most situations, are emitted to the
atmosphere without harnessing. For example, in coal mine ventilation air, water treatment plants,
landfills and natural gas extraction and distribution systems, among others. The concentration of
methane in these emissions using membranes would increase the harnessing possibilities, leading to

a reduction of their environmental impact.

As discussed in Section 3.2, SAPO-34 membrane is best suited for lean methane sources, because it
offers higher selectivity at low methane concentration. For this reason, this is the chosen membrane

for the scale-up of the process in the case of a lean methane feed.

The sensitivity analysis carried out in the previous section indicated that the best operating
conditions for SAPO-34 membrane are co-current flow configuration and transmembrane pressure
difference of 4 bar. At these conditions, the membrane loading Fo/An required to achieve a methane
recovery of 70% is 0.0614 mol/m? s, which is accompanied by a concentration factor of 6.32 (Table
1). According to these performance results, a retentate of 111 m3/h n.t.p. with 6.3% CH, and a
permeate of 889 m3/h n.t.p. with 0.338% CH, are obtained. Noted that, in this membrane, methane

concentrates in the retentate side.

The scale-up of the membrane process is done using the membrane loading at the abovementioned

conditions, Fo/Am = 0.0614 mol/m? s. Thus, for a feed gas flow rate of 1000 m3/h n.t.p., the total
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membrane area required is 202 m2. This area is obtained using 43 membrane modules, each one of

4.71 m?, as indicated before in section 3.5.1.

3.4.4. Case: rich methane feed

The second case corresponds to a rich methane feedstock with a concentration of 50% CHa. This is a
completely different situation where the aim of the membrane process is to remove impurities and
obtain a methane rich stream that can be used in regular combustion or chemical processes. Some
methane feedstoks within this case are, for instance, coal bed methane, abandoned coal mine
methane, stranded natural gas sources or air-diluted biogas generated in anaerobic biological

processes (e.g. landfill biogas).

Table 1 shows the results of the sensitivity analysis corresponding to a methane recovery of 70% for
SAPO-34 and carbon membranes. The concentration factor is practically the same for both
membranes (in the range 1.5 to 1.6). This means that the outlet streams of both membranes have
the same flow rate and concentration. However, methane is concentrated in different outlet streams
for this pair of membranes. The retentate of the SAPO-34 membrane and the permeate of the
carbon one have a flow rate of 438 m3/h n.t.p. with 80.0% CHa, while the permeate of the SAPO-34
membrane and the retentate of the carbon one have a flow rate of 562 m3/h n.t.p. with 26.7% CHa.
Given the previous performance, the considered membranes are able of increasing methane

concentration from 50% to 80%.

The selection of the best membrane material for the separation proposed in this case has been made
considering the membrane area needed to achieve abovementioned performance. For the SAPO-34
membrane, a membrane loading of Fo/Am = 0.0324 mol/m? s is required (Ap = 4 bar and co-current
flow), which leads to a membrane area of 383 m2. The carbon membrane has the same performance
with a membrane loading of Fo/Am = 0.123 mol/m? (Ap = 4 bar and co-current flow). Hence, the
membrane area needed is reduced to 101 m?2. At counter-current flow, this membrane is slightly
more efficient and the membrane area is reduced a bit more to 96 m?. The latter value is traduced

into 20 membrane modules, each of 4.71 m? area.

3.4.5. Green house gas emissions assessment

The use of the designed membrane modules requires the compression of the feed to 5 bar (design
transmembrane pressure difference was 4 bar). This compression produces an emission of

greenhouse gases that should be considered to assess the impact of the membrane process. Thus,
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for a feed gas flow rate of 1000 m3/h n.t.p. (design basis), the brake power required in a 2-stage
centrifugal compressor is 82 kW (considering 70% polytrophic and 93% mechanical efficiencies) [40].
This electrical power can be traduced into greenhouse gas emissions using the methodology
proposed by the Intergovernmental Panel on Climate Change (IPCC) on their 2014 report [41].
Depending on the power source, different impacts in term of lifecycle emissions are produced, for
example, 490 g CO,-eq/kWh for the case of natural gas-based power sources and 11 g CO»-eq/kWh
for wind or nuclear power sources. As a simplification, a power generation scheme formed by 50%
natural gas and 50% wind/nuclear is considered, resulting in an impact of 21 kg CO,-eq /h for the

compressor operation.

The use of membranes to concentrate methane from lean feedstocks may broad the harnessing
possibilities of these feedstocks that, otherwise, would be emitted to the atmosphere. Since
methane is a powerful greenhouse gas with a global warming potential of 28 kg CO,-eq (100-year
basis) [42], the combustion of methane from these emissions to CO; has a net positive environmental
impact, apart from the heat and power generated. In this work, a membrane process has been
designed to concentrate a lean feed of 1000 m3/h n.t.p. from 1% to 6.3% methane with a recovery of
70%. Using these figures, the emission to the atmosphere of 140 kg CO,-eq/h is avoided. Given that
the required gas compression produces an impact of 21 kg CO,-eq /h, it can be concluded that the

membrane system contributes with a net impact reduction of 119 kg CO»-eq /h.

4. Conclusions

Some methane feedstocks contain important amounts of nitrogen, which limits the harnessing
possibilities. In this work, the concentration of methane from these feedstocks is addressed by the
use of membrane separation techniques, i.e. gas permeation. Mass transfer in two microporous
membrane materials, SAPO-34 and porous carbon, has been modelled using the Maxwell-Stefan
multicomponent surface diffusion model. The model performance has been validated using the
limited literature data available for this type of mixtures. The application of this model has been
extended by simulating the concentration profiles along the length of the membrane module using

the plug flow model.

A sensitivity analysis of the main variables affecting the performance of the membrane
(transmembrane pressure difference, flow configuration in the module, methane feed concentration
and membrane loading, Fo/An) has been carried out. The main variables to take into account for the
design and scale-up of the operation are transmembrane pressure difference, methane feed

concentration and membrane loading. The results have revealed that both membranes are able of
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concentrating methane; however, it has been found that SAPO-34 membranes are more suited to
concentrate methane in lean mixtures, while the carbon membrane perform better with rich

mixtures.

According to these results, two membrane units have been scaled-up, respectively, for lean (1%) and
rich (50%) methane feed mixtures. Both units consider the same design basis: feed gas flow rate of
1000 m3/h n.t.p. and 70% methane recovery. For the case of lean methane mixtures, the SAPO-34
membrane is able of concentrating methane from 1% to 6.3% using 202 m? of membrane area and 4
bar of transmembrane pressure difference. For the case of rich methane mixtures, the carbon
membrane is able of concentrating methane from 50% to 80% using 101 m? of membrane area and 4

bar of transmembrane pressure difference.
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List of symbols

A Membrane area (m?)

b Langmuir adsorption isotherm parameter (1/kPa)

By Surface Maxwell-Stefan diffusivities (m?/s)

F Molar flow rate (mol/s)

Ji Molar flux (mol/m?s)

N# Surface diffusion flux (mol/m?s)

Di Partial pressure (kPa)

P; Membrane permeability (barrer, 1 barrer = 3.35-107' mol/m s Pa)
qi Concentration of adsorbed species (mol/kg)

qs Concentration of adsorbed species at saturation (mol/kg)

Ideal gas constant (8.314 J/mol K)

Temperature (K)

X Dimensionless length along the membrane module (-)
Vi Molar fraction (-)
z Membrane thickness coordinate (m)

Greek symbols

o Thickness of the membrane active layer (m)

AH, ;s Adsorption enthalpy (kJ/mol)

Ap Transmembrane pressure difference (bar)

0; Fractional surface coverage (-)

[} Maxwell-Stefan thermodynamic factors (-)

Ui Surface chemical potential (J/mol)

I1; Membrane permeance (GPU, gas permeance unit, 1 GPU = 3.35:10° mol/m? s Pa)

Ps Solid density (kg/m?3)

Subscripts

0 Feed

P Permeate

R Retentate

sw Sweep gas
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